Abstract A circulating bed particulate reactor was designed, developed, and demonstrated to facilitate recovery of dilute dissolved platinum species from concentrated aqueous iodide solutions, an essential component for the overall process proposed for the recovery of Pt from secondary materials using benign conditions. A detailed design for the reactor was undertaken using the Fluent TM computational fluid dynamics software to predict electrolyte and particulate flows, and Maple TM for simulating the electrochemical performance. Insight was gained into the design features required for successful operation and demonstrated in the reactor design, including effects of electrolyte flow rate, additional inlet nozzle locations, bed depth in the direction of current flow, draft tube width, and its proximity to the inlet nozzle. Good agreement was found between the reactor model predictions and the results of the experimental matrix conducted to define the reactor performance. The electrodeposit produced by the reactor was found to be adherent even under transport controlled operation, supporting the assertion that mechanical interactions in a circulating particulate bed can improve deposit morphologies in transport and mixed controlled deposition regimes. The model predictions and the experimental results both showed that the reactor could be operated with charge yields of ca. 45 %, corresponding to specific electrical energy consumptions of ca. 1.0 kWh kg -1 Pt and hence negligible operating cost compared with the value of the product.
computational fluid dynamics software to predict electrolyte and particulate flows, and Maple TM for simulating the electrochemical performance. Insight was gained into the design features required for successful operation and demonstrated in the reactor design, including effects of electrolyte flow rate, additional inlet nozzle locations, bed depth in the direction of current flow, draft tube width, and its proximity to the inlet nozzle. Good agreement was found between the reactor model predictions and the results of the experimental matrix conducted to define the reactor performance. The electrodeposit produced by the reactor was found to be adherent even under transport controlled operation, supporting the assertion that mechanical interactions in a circulating particulate bed can improve deposit morphologies in transport and mixed controlled deposition regimes. The model predictions and the experimental results both showed that the reactor could be operated with charge yields of ca. 45 %, corresponding to specific electrical energy consumptions of ca. 1.0 kWh kg -1 Pt and hence negligible operating cost compared with the value of the product.
Graphical abstract
Keywords Iodide Á Platinum Á Circulating particulate bed electrode Á Tri-iodide Á Secondary materials 
Introduction
In the previous publications [1, 2] , we proposed an aqueous electrochemical process for the recovery of platinum and other precious metals from secondary materials, such as spent automobile exhaust catalyst, waste electrical and electronic equipment (WEEE), and end-of-life fuel cells. In principle, this obviates the need for extremely acidic and aggressive conditions used by the previous authors [3] [4] [5] [6] [7] [8] investigating such hydrometallurgical processes. We demonstrated that the tri-iodide oxidant of the tri-iodideiodide couple is a feasible chemical system for both the dissolution from the waste material and recovery stages by electrodeposition [2, 9, 10] . Recently, we have shown that high recoveries are achievable from end-of-life polymer electrolyte fuel cells (PEMFC) in acceptable timescales [9] . A critical part of the proposed process is an energyefficient electrochemical reactor for the tri-iodide (re-) generation and platinum electrodeposition. This was best achieved with a membrane-divided electrochemical reactor, at the cathode of which the dissolved metal was deposited, whilst the tri-iodide was re-generated simultaneously at the anode.
To achieve an acceptably small volume and hence low capital cost of the electrochemical reactor, the cathode must have a high specific surface area, since the concentrations of metal ions from a leach reactor are likely to be low (ca. 1 mol m -3 ); otherwise, the volumetric productivity would be unacceptably low. Keeping the platinum concentrations low in solution also maximises the thermodynamic driving force for dissolution and avoids problems of limited solubility of platinum oxidation product, both of which are advantageous. A high surface area cathode can be achieved in various designs, but a cathode in the form of a circulating particulate bed is particularly attractive for the following reasons:
• High mass transport rates, especially important for electrodeposition from solutions with low reactant concentrations.
• High electrical conductivity through the bed, for more uniform spatial distributions of electrical potential and reaction rates and to decrease the probability of bipolarity of particles and re-dissolution of metal.
• Particles in constant motion obviate the problem of deposits bridging between adjacent particles, and their mechanical interactions may improve deposit morphologies.
• Designs can incorporate the facility for particles to be harvested and re-inserted continually, using hydraulic transport in and out of the bed.
A circulating particulate bed can have various embodiments, but all have a region of high particle velocity upwards and regions of descending packed beds of particles in which the bulk of the reaction occurs. The use of circulating particulate beds (which can also be referred to as spouted beds) for metal electrowinning, particularly copper and zinc, has been reported by various authors [11] [12] [13] [14] [15] . These authors have investigated both the hydrodynamic performance and the electrochemical performance, demonstrating that good deposit quality can be achieved in an efficient continuous process.
Here, we report the results of the design and development of the circulating particulate bed cathode and complete electrochemical reactor to be used in the proposed platinum recovery process.
Experimental

Preparation of solutions
All solutions were made using analytical or ACS (American Chemical Society) reagent grade chemicals. The water was purified first by reverse osmosis (Elga Elgastat Prima), then by deionisation (Elga Elgastat Maxima), giving a resistivity of 1 9 10 6 X m. Solutions were deoxygenated using 'oxygen-free' nitrogen (BOC 'zero grade' N 2 or from a Domnick Hunter NG104 nitrogen generator).
Equipment
Electrochemical measurements were made with Autolab Model PGstat 30 (with 10 A current booster when required) potentiostat/galvanostat (Eco Chemie B.V, The Netherlands) controlled by a computer. Most measurements of the concentration of the platinum iodo species were made using a Hewlett Packard (Agilent Technologies UK Limited, Stockport, UK) HP 8452A UV-Vis spectrophotometer after conversion of the dissolved platinum to the Pt II form using small amounts of ascorbic acid [16] . When platinum levels were present below 2 9 10 -6 -mol dm -3 , an Optima 2000DV (Perkin Elmer, Wellesley, MA, USA) inductively coupled plasma optical emission spectrometer (ICP-OES) was used to determine the concentrations accurately. A National Instruments USB6009 data acquisition module was used in conjunction with the LabView software to monitor reactor potential differences and electrolyte flow rates. During the development of the kinetic model, the deposition of platinum from the concentrated iodide solutions was studied using a rotating disc electrode (RDE) system (Pine Instrument Company, Grove City, PA, USA), with a vitreous carbon disc (model MT28). These electrodes were prepared by the conventional polishing using 0.3 lm alumina particles in ultra-pure water and subsequently sonicated in water. Platinum flag electrodes were used as counter electrodes for these voltammetric experiments and were made from high purity Pt spot welded to high purity Pt wire (Goodfellow Ltd., Cambridge, UK).
Circulating particulate bed cathode
A diagram of the prototype design is shown as a front elevation in Fig. 1 .
After some preliminary studies with the early reactor designs, some particular design features were developed to enhance performances, as summarised below: • Reactor depth in direction of current flow should be no more than around 10 mm to achieve an acceptably narrow range of electrode potentials in the bed and to minimise the risk of hydrogen evolution.
• Main inlet designed as a slot the full depth of the electrode with no horizontal surfaces.
• Extra electrolyte introduced though slots along angled side to the descending packed bed to improve bed descending velocity and to remove dead spots of no particle movement.
• Extra electrolyte introduced at base of draft tube and halfway up though slots to improve draft tube flow.
• Multiple outlets to reduce the outlet velocity.
In the reactor, the distribution of fluid and hence particle flow was complex, with many factors affecting the behaviour. Analytical models have been proposed for circulating particulate beds [17] [18] [19] as electrodes and also as dryers. However, the models proposed would be difficult to adapt to the specific complex geometries and flows involved and could not be used to predict the troublesome behaviour experienced at abrupt changes of geometry. computational fluid dynamics (CFD) software (Fluent TM ) has been used to model both the flow of fluid and the flow of solid phase successfully in spouted bed driers [20, 21] . Therefore, Fluent TM was used to investigate the flow in the reactor, using a two-phase Eulerian model in which the behaviour of the particulate material and interaction with the electrolyte can be simulated effectively. This allowed the likely granular volume fraction in the descending packed bed to be determined, together with the likely range of suitable electrolyte flow velocities to produce effective circulation.
The cathode feeder was made from (SAE) 430 grade stainless steel. A cation-permeable membrane (Nafion 425, DuPont Inc., DE, USA) was used to separate anolyte and catholyte, preventing large anionic metal complexes and iodide/tri-iodide anions from transferring between compartments. This precluded an effective chemical short circuit from increasing electrical energy consumptions. A small 0.5 mm hole was made in the feeder above the height of the bed with an 'O' ring seal to a probe that would sense the solution potential at the feeder electrode/electrolyte interface, enabling reliable potential control of the feeder electrode.
Preparation of bed substrate material
There were some important requirements and operation for platinum electrowinning using the circulating particulate bed electrode:
• The leach solutions used to dissolve Pt in neutral conditions were 4 M (potassium) iodide [2] and the density of which was ca. 1.42 g cm -3 , similar to that of possible particulate materials, such as carbon.
• Due to the value of the platinum, seeding the particles to nucleate deposit had to be conducted very carefully. High overpotentials required to nucleate platinum on a foreign substrate necessitate a seeding process [2] , without which an uneven coating of deposit and inefficient initial operation would have resulted.
Dense inert substrates were sought; possible solutions considered were: tin shot, lead shot, silvered-glass ballotini beads, vitreous carbon, and graphite. The cost, chemical stability, and flow properties of tin and lead precluded their use, so more intensive investigations focused on silveredglass beads, vitreous carbon, and graphite. Insufficient density difference between the available vitreous carbon beads and the electrolyte precluded their use, whilst the dominance of silver dissolution/deposition reaction prevented the successful adoption of silver-coated glass beads.
Graphite had been considered early in the search for a suitable substrate, since it is both dense (2.25 g cm -3 ) and its electrically conductive is more than twice that of vitreous carbon. Therefore, 180-850 lm-sized graphite chips (20-80 mesh graphite chips from Alfa Aesar, Heysham UK, product code 10131) were obtained, and the largest size fraction, 600-850 lm, was separated for use by sieving to improve the hydrodynamic behaviour of the bed. Although stated as having an average density of 2 g cm -3 , the apparent density of the chips was variable due to porosity in the graphite, so only the most dense fraction was separated for use in the reactor. This was achieved using them in a tubular circulating bed reactor in 4 M KI for several hours, resulting in the less dense fraction being transported out of the bed and being discarded. The chips used were of a low specific surface area, such that the geometric area of the chips was considered to be the effectively useful area. The surface area of the bed was then estimated for the mean size by the weight of a known volume of particles, assuming the density to be the average quoted for the material.
To improve the effective conductivity of the bed and the kinetics of metal electrodeposition, a seeding process was conducted. A solution of 9.5 mol m -3 PtI 6 2-in 4 M KI was made from chloroplatinic acid phosphate buffered to pH 5.8. A series of potential pulses of -0.45 V (SCE) were applied over 30 s time frames, with the bed not moving, using the full output current from the Autolab PGSTAT 30 with 10 A current booster. In between pulses, the bed was circulated to allow the particles to change positions, enabling Pt to nucleate on all the particles, allowing them to grow uniformly. Electrodeposition at a constant (feeder) potential of -0.25 V (SCE) was then carried out for 5 h 40 min to grow the particles ready for the main experimental work. This produced a uniform grey lustrous deposit; however, as expected, a significant deposition occurred on the feeder electrode, though the deposits could be removed by rubbing gently with a cloth. This was not surprising, particularly as the low potential pulses (totalling 4 min) would have produced poor quality deposits on the feeder in the absence of electrolyte flow. The plating on the particles appeared to be adherent, with no visible production of a platinum particulate suspension when they were washed thoroughly in pure water; there was also no visible evidence of Pt sludge in the flow circuit. This was so even after extended running periods over which the catholyte became essentially colourless, with no turbidity evident in the solution or any sign of deposit in the translucent PVDF polymer flow circuit.
Anode design
The design of the oxidant-producing anode required for the complete process [2] was much simpler than that of the cathode. The species being produced were solution species (I 3 --Eq. (1)) from high concentrations of aqueous iodide ions, such that transport rates of iodide would never be current limiting, even on a 2-D anode, due to the low concentrations of metal being electrowon in the system.
However, there were still some challenges and important design details. Dimensionally stable anodes (DSAs) often used in electrochemical reactors would be unsuitable anodes, since the platinum group metal (PGM) coating would be likely to dissolve in the iodide solutions under oxidising conditions. Hence, carbon was again chosen as the most suitable material, as it is not oxidised by the triiodide and the potentials required were well below those corresponding to oxygen evolution, which would otherwise have led to its rapid consumption.
The option for using graphite felt was included in the reactor design, as the high specific surface area would lower the risks of generating oxygen and those of solid iodine being formed. No specific performance tests were carried out on the anode, but it was used very successfully to generate tri-iodide during trials of the cathode. The carbon feeder electrode used in the experiments was a 1 mm-thick graphite gasket material (Klinger AE5057708). The carbon felt used was a 1/2 inch-thick sample (Le Carbone Great Britain Ltd, product code RVG4003) which filled the complete anode compartment area and once assembled had a 2 mm compression out of plane which aided contact with the feeder.
Reactor performance experiments
To minimise the number of experiments conducted and to maximise the useful resulting data, a factorial design of experiments was planned using a matrix of eight trials, which allowed for one factor at four levels and three factors at two levels [22] . This design of matrix allowed for an adequate range of cathode potentials to be used between kinetic controlled and mass transport controlled operation and the effect of a low and a high flow rates to be tested, with all possible combinations in eight experiments. The particulate cathode substrate used was pre-deposited with platinum, as described previously. Cyclic voltammetry [2] indicated that, over the range -0.1 to -0.4 V (SCE), the reactor would be likely to switch from essentially total kinetic control to total mass transport control. Therefore, the matrix of parameter values shown in Table 1 was used for the trials.
In each case, the solution (2 dm 3 ) was prepared from 4 M NaI phosphate buffered to ca. pH 6 with the initial PtI 6 2-concentration of 0.5 mol m -3 (made using chloroplatinic acid), being typical of that, which would be generated by the leaching circuit. Details of the loading of the reactor cathode were: average particle size 725 lm; volume of particles ca. 66 cm -3 ; number of particles ca. 104,000; mass of particles ca. 47 g; Table 1 Experimental matrix used for investigating the performance of the electrochemical reactor for platinum deposition
Trial
Feeder potential, E (SCE)/V Total flow rate/dm 3 min surface area of particles, ca. 0.173 m 2 ; active cathode feeder area, 5.5 9 10 -3 m 2 . The following parameters were logged during each experiment in LabView TM using a National Instruments USB6009 Data Acquisition (DAQ) and control interface: cell potential difference, current, flow rate, and anode feeder potential. The measurement of anode feeder potential proved to be unreliable, but a value of only ca. 0.2 V (SCE) was measured initially during the first experiment, implying that the only reaction taking place was the generation of tri-iodide ions by reaction [19] .
These data, together with concentrations in the reservoir of solution species determined by UV-Vis spectrophotometry of solution samples taken from the reservoir at regular intervals, allowed cathode charge yields (U Pt e ) and specific electrical energy consumptions (w Pt e ) to be calculated over periods between samples during the experiments. As concentrations decreased to below the detection limit of the UV-Vis spectrophotometer (around 2 9 10 --6 mol dm -3 as the iodo-complexes have particularly high absorbance), some of the later samples were analysed by ICP-OES. In each experiment, the anolyte used was 4 M iodide with a concentration of tri-iodide in excess of 20 mol m -3 , such that the changes in equilibrium potential due to the small increase in tri-iodide concentration were negligible. All experiments were run for 5 h with nitrogen bubbling through the catholyte to keep the reservoir deoxygenated and well mixed; the former was not totally effective, as oxygen could diffuse through the polymeric flow circuit. Catholytes were deoxygenated to prevent the oxidation of the iodide to tri-iodide by the dissolved oxygen and the re-oxidation of any Pt II species formed in the bed, but not fully reduced to metal before leaving the cathode compartment.
The performance of the reactor could be measured against several criteria which are inter-related:
• specific electrical energy consumption (w Pt e ) and cathode charge yield (U Pt e ); • deposit morphology quality;
• rate of Pt IV/II depletion.
Most of these performance criteria were assessed easily during operation of the reactor; however, deposit morphology could be assessed only afterwards using a scanning electron microscope (SEM).
Reactor electrochemical performance simulation
It was important to use simulation tools to understand the performance of a circulating bed and to aid future process research. Modelling was undertaken using a porous electrode model to predict the electrical behaviour of the electrodes being designed [23] . Equation (3) 
Analytical solutions can be obtained to these expressions for the two extremes of transport limited and kinetically limited operation. However, using the Maple TM software, a numerical solution can be obtained for a more general case of the full spectrum from total kinetic control to total transport control, using the boundary conditions: 
A mass transport correlation (Eq. (8)) for fluidised beds was used [25] , from which the mass transport coefficient was extracted using the definition of Sherwood number (Eq. (9)). However, the correlation was not intended for a circulating particulate bed and the values of the dimensionless groups do not lie within the ranges over which the relationship was developed. In the work reported by Lacin and Sarac [25] , the density difference between the electrolyte and particles was 0.4 g cm -3 , the particle diameter was about 3 mm, and the lowest fluidising velocity was around 2.5 m s -1 . Therefore, although the Schmidt and density numbers are similar, the Galileo and Reynolds number are several orders of magnitude smaller in the circulating bed case. Hence, when added to the complexity of the fluid flow, the relationship was capable of only approximate estimates of k m . 
The model involved the following simplifying assumptions:
• The potential varied only in the direction (x) of current flow.
• Constant reactant concentration in the electrolyte through the electrode (i.e., negligible conversion per pass).
• Constant voidage which was taken to be that of a randomly packed bed of particles.
• Steady-state behaviour.
• The kinetics of all reactions were modelled by the Butler-Volmer equation, allowing for transport limitations, but in the absence of a migrational contribution to the overall transport rate, due to presence of excess supporting electrolyte.
The model, coded in the Maple TM software, included the kinetics of hydrogen evolution (Eq. (10)) and oxygen reduction (Eq. (12)) reactions, which competed with the metal deposition reactions (Eqs. (14), (16)).
E PtI 
The 1-D model written in Maple TM code included the two step mechanism for the reduction of PtI 6 2-to Pt via PtI 4 2-(Eqs. (14) and (16)), using Butler-Volmer kinetic equations, allowing for kinetic, mixed, and transport control, based on the experimental data reported previously [2] and further cyclic voltammetry in 4 M iodide.
Values Figure 2 shows the modelled deposition of Pt from a 6.6 mM solution of PtI 6 2-/4 M KI solution with the corresponding experimental cyclic voltammetry data for scan two and eight. An offset of ca. 30 mA cm -2 due to a mass transport-limited reduction current density of significant tri-iodide content can also be seen.
As reported previously [2] , but for lower iodide concentrations, there was a significant nucleation overpotential before growth of the Pt deposit occurred. As the surface became well nucleated, the reduction of Pt IV to Pt II with a half-wave potential at ca. 0 V (SHE) in scan two became much more favourable than on the initial vitreous carbon surface, with the half-wave potential moving to ca. 0.3 V (SHE). The cyclic voltammogram for a poly-crystalline RDE of the same dimensions showed the fully nucleated behaviour from the first scan [2] . The kinetics of the final reduction to Pt 0 appeared to remain slow. Besides the data reported previously by the present authors [2] , we are unaware of any other studies of Pt deposition from iodide solutions having been published. However, the nucleation and growth kinetics of Pt from chloride onto vitreous carbon was also found to be slow [26] , and inter alia due to competition between adsorbed halogen species and the deposition of Pt. Iodine/tri-iodide absorption on Pt is known to be strong [27] [28] [29] and so it very likely to have contributed to the slow kinetics exhibited. Hence, the Butler-Volmer type kinetic model proposed here is not mechanistically correct, as it does not consider surface coverage of adsorbed species, but using a large value for the Tafel slope, a predictively useful reactor model to aid design can still result.
It is interesting to note that unlike in strong iodide solutions, in which Pt II species have a wide region of stability and can be observed during experiments as a bright yellow complex, Yasin et al. [26] did not detect Pt II species as stable intermediates in 0.1 M chloride. This is The competing cathode reactions of tri-iodide reduction, oxygen reduction, and hydrogen evolution were also modelled, again using Butler-Volmer kinetic equations. Typical values for j 0 for oxygen reduction and hydrogen evolution on platinum in mild acid media were taken as 1 9 10 -8 A m [30], respectively, with the value of a taken as 0.5. The kinetic parameters reported previously [1] for tri-iodide reduction were used. The electrical conductivity of 4 M iodide was estimated to be 46 S m -1 [31] , with the substrate taken to have a much higher conductivity of 10 4 S m -1 . Since the substrate conductivity was several orders of magnitude greater than that of the electrolyte, the results were insensitive to the exact value used. The diffusion coefficients were calculated using unhydrated ion sizes estimated from radii data and the kinematic viscosity of 4 M KI (ca. 0.61 9 10 -6 m 2 s -1 ) [31] giving good agreement with empirical values that were calculated from the results of RDE experiments. The mass transport coefficients were estimated using the correlation (Eq. (8)) for fluidised beds [25] . This led to predictions of fairly low mass transport rate coefficients of 0.38 9 10 -5 m s -1 for the Pt species, 0.44 9 10 -5 m s -1 for tri-iodide, and 1.2 9 10 -5 m s
for oxygen. However, these predictions were congruous with the experimental results for the bed under mass transport controlled operation. The concentrations of triiodide and oxygen in the catholyte were taken as 1.5 9 10 -5 M and 5 9 10 -5 M, respectively, given the steady-state currents detected at the end of the experiments and the measured tri-iodide concentration (determined by UV-Vis spectrophotometry). Figure 3 shows an example output from the model illustrating: (a) the electrolyte and electrode potential distributions and (b) the current density, predicted for a particular set of conditions used experimentally. This clearly shows the contributions to the overall cell potential difference from the anode and cathode and the effect of the different solid phase conductivities of the carbon felt anode and the particulate cathode.
Electrochemical reactor circuit details
The flow circuit used for determining the performance of the electrochemical reactor was designed as part of a laboratory scale plant for demonstrating the whole process. The reactor was not designed for continuous harvesting of particles, but it was envisaged that a weir at the top of the reactor could be incorporated easily, allowing the particles to be transported out of the reactor and caught in a separator at the base of the weir.
The reactor was designed to operate with anolyte and catholyte volumes of 2-2.5 dm 3 , which was a convenient volume for the reactor size and the dead volume of the pipe work needed to complete the circuit. The level of the base of the electrochemical reactor was above the level of the 2.5 dm 3 mark on the electrolyte reservoirs, such that when the pumps were stopped, the reactor would drain naturally back into the reservoirs, lowering the risk of any unwanted chemical reactions occurring and allowing the solutions to be pumped out with minimal hold up of solution in the circuits. Images of the complete reactor as designed and as built are shown in Fig. 4 , which also show the complete process with leach reactors. Potential, E / V flow rate simulated, the flow was predicted to be insufficient to cause circulation and a fluidised bed was formed in the draft tube. In the two intermediate cases, stable circulation of particles was achieved with a slowly descending packed bed formed in the inclined section, without 'dead spots' of no particle movement. At the highest flow rate, a plot (Fig. 6 ) of granular fraction velocities indicated that particle loss was likely through the furthest outlet, shown to the right. Figure 7 shows the electrolyte velocity alone for the cases of successful circulation. If the velocities of both the electrolyte and granular phase are interrogated more closely (Fig. 8) , it can be seen that within the conditions simulated, once the bed has been set up and particle circulation has been achieved, the granular and electrolyte velocities within the bed are largely invariant with electrolyte flow rate. Increasing electrolyte flow merely serves to increase the size of the electrolyte and granular fraction vortex above the bed; too large, a flow rate results in the loss of the granular fraction through the outlets.
Experiments with water alone and no anode or membrane showed that, as predicted, the reactor could be controlled to remove all dead zones and the bed descending speed could be controlled by varying the flow to the appropriate manifold. As shown in Fig. 6 , a large particle vortex was formed above the bed and led to an incline on the top of the descending packed bed. This was experienced in practice, but the residence time of particles in this vortex appeared short and helped to distribute particles across the top of the descending packed bed, aiding rather than hindering performance. Tests with the 4 M iodide . Scale bar shows granular fraction. Simulations are time varying and are shown at a point where a steady velocity field has been reached (typically 30 s). Please refer to online edition for colour images electrolyte demonstrated that successful particle flow was achieved at a total flow rate of 0.3-0.5 dm 3 min -1 , without a significant loss of particles from the system. This was slightly lower than the range predicted by the Fluent TM simulation and was due mainly to significant porosity in the (natural) graphite particles decreasing their density; that porosity is shown in Fig. 10 in the following section. However, as the density difference increased with time/deposit thickness, the flow rate of electrolyte required for successful operation would steadily increase. Figure 9a , b shows the time dependences of concentration, U Pt e and w Pt e , for the experiments averaged for each potential used and for the flow rates, to determine the individual effects of each parameter. The effect of feeder electrode potential on Pt II/IV concentration decays was due to the progressive transition from kinetic to mass transport-limited deposition as the potential was decreased. The effect of changing the flow rate from the low to the high levels was shown not to be significant, since the variations shown in Fig. 9b were reflected almost exactly in the control, indicating errors, probably from slight inconsistencies in the flow of particles, in some of the data points rather than a real effect. This is consistent with the simulations showing a little effect on particle and electrolyte velocity in the bed and consequently on mass transport rates over the range of inlet electrolyte flow rates that would produce successful circulation. Hence, the values of mass transport rate coefficients in the active bed must have remained essentially unaltered for the two flow rates, due to the complexity of the distributions in particle velocities and concentrations (Figs. 5, 6, 7, 8) . The values of U Pt e and w Pt e in Fig. 9 varied , and c) 0.9 dm 3 min -1
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was based on the two electron (i.e. the electron stoichiometry, m e = 2) reduction of Pt II directly to Pt 0 , such that charge used to reduce Pt IV to only Pt II was effectively considered a loss reaction at the start of the experiment, since practical considerations in the UV-vis spectroscopy required the conversion of Pt IV to Pt II and the reduction of any highly absorbing I 3 -present. This was dominant at the start of the experiments with less negative cathode feeder potentials, resulting in a transient accumulation of the Pt II , hence producing artificial maxima in U Pt e and minima in w Pt e . As those potentials were decreased, the reactions became progressively more transport controlled, the fraction of Pt II being produced decreased, shifting the U Pt e maxima/w Pt e minima to shorter times. Initially, higher concentrations of tri-iodide ions were probably also present in the solutions, due to the method by which they were made, allowing atmospheric oxygen ingress, so decreasing charge yields at the start due to reaction (1) contributing to the measured current. The initial peak in U Pt e over the first few minutes for the experiment at -0.1 V (SCE) can be explained by the presence of a small amount of Ag contaminant, which is present on the substrate initially from the development work; Ag dissolved, reducing a little PtI 6 2-and so giving an apparently higher charge yield/ current efficiency.
Charge yields decreased, so specific electrical energy consumptions increased, as dissolved platinum was depleted, and loss reaction rates became progressively more significant; (partially kinetically controlled) oxygen reduction and mass transport-limited reduction of a small circulating load of tri-iodide produced by dissolved oxygen oxidising iodide ions were the primary loss processes. The total current of these loss reactions was predicted to be 9, 25, 39, and 41 mA for the feeder potentials -0.1, -0.2, -0.3, and -0,4 V (SCE), respectively. The tri-iodide present could be detected visually by the faint characteristic yellow-brown colour, which when measured by UVVis spectrophotometry gave the characteristic tri-iodide spectra with an absorbance indicating a concentration of ca. 1.5 9 10 -5 M. Overall, the results showed that the reactor was capable of removing the platinum effectively down to about 170 ppb in 5 h. Running one of the experiments for an extra 5 h showed no incremental reduction in Pt IV/II concentrations over that time, probably due to the slow diffusion of Pt from the Pt-rich electrolyte in the reference electrode compartment. This was detected by a strong gradient in colour in that compartment at the end of the experiments.
The difference in deposit morphologies as the deposition was changed from kinetic to mass transport control is evident from the SEM images shown in Fig. 10 , which also shows the surface of a fresh graphite particle. Even for mass transport controlled deposition at a feeder cathode potential of -0.4 V (SCE), the deposit was rough though not dendritic, still producing a coherent, adherent coating. It is probable that, when operating at the mass transport controlled limit, deposit morphologies had been improved by the continuous collisions between particles during their motion. The first experiments conducted were those under kinetic control, when distinct islands of Pt were obvious. In the later experiments at -0.2 and -0.4 V (SCE), these islands coalesced, giving a more even but rougher coating. The increased thickness of the deposit was also confirmed qualitatively by the energy-dispersive X-ray spectroscopy microanalysis of the surface, which for the later experiments, and showed far less intensity of X-ray emission from the carbon substrate. The image of the fresh graphite surface shows that its rough surface was less than ideal for deposition, but did not prevent successful deposition.
Operation of the bed without any particulate substrate was attempted for a short period, using a freshly prepared solution. The results confirmed the importance of using a high surface area cathode, in the absence of which currents of Bca. 2 mA were measured, even with a cathode potential of -0.4 V (SCE), whereas under the same conditions Cca., 150 mA were achieved with the bed as can be seen in Fig. 12 . which were particularly evident when the reaction Pt II -Pt 0 was kinetically controlled, whilst the reaction Pt IV -Pt II was always transport controlled for the range of potentials used.
The measured reactor currents in Fig. 12 were in reasonable agreement with model-predicted currents, but in each case, there was a section over the first 1500-2000 s for which high concentrations of I 3 -species, not considered in the model, were reduced. This can be explained when it is considered that the solutions were made in advance and used at least 12 h later, during which time atmospheric oxygen dissolved in the solution would have oxidised some iodide ions, producing a significant initial tri-iodide concentration. This would have been much greater than the steady-state concentrations obtained at the end of the experiments. Figure 13 shows the time dependences of charge yields and specific electrical energy consumptions, calculated from model-predicted currents for the Pt II to Pt 0 reduction. These data exhibited the expected responses for a process in which the rates of the competing reactions were constant for each potential, whilst the platinum reduction rate decreased as the platinum concentration decayed. When the excess initial amounts of tri-iodide present in the solution were considered, these predictions were in good agreement with the experimental data for charge yields and specific electrical energy consumptions shown in Fig. 9 , as illustrated by the overlaid data for the two extremes of feeder electrode potential.
Conclusions
An electrochemical reactor incorporating a circulating (graphite) particulate bed electrode was designed and developed, its performance characterised, and shown to be effective for the proposed platinum recovery process. I 3 -species were generated anodically to dissolve Pt in an external reactor as PtI 6 2-ions, coupled to their cathodic electrodeposition from neutral aqueous 4 M KI solutions, typically depleting solutions from 68,700 to 170 ppb in 5 h. A reactor model based on the Newman-Tobias porous electrode model was developed, written in Maple TM code, that predicted successfully the progressive switch between kinetic and mass transport control with decreasing cathode feeder potential.
The morphologies of the Pt deposits produced were coherent and adherent, even when deposited under mass transport control, probably due to the mechanical interactions between particles. Scanning electron micrographs showed that deposit morphologies transitioned from a smooth plate-like deposit to a rougher textured deposit as the deposition was changed from a kinetically to transportlimited process, by decreasing the feeder electrode potential.
The model and the experimental results both showed that the reactor could be operated with charge yields of ca. 45 %, corresponding to specific electrical energy consumptions of ca. 1.0 kW h kg -1 Pt. Hence, the corresponding electrical energy costs were clearly insignificant compared with the value of the metal recovered, but may be important in the trade-off between overall process costs and recovery rate. Therefore, the exact optimal conditions would depend exactly on the design objectives, but it is clear that pumping rates would need to be carefully controlled to the minimum required to achieve successful circulation as any increase has little positive affect.
